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Abstract

This paper presents the results of work carried out on a laboratory cell for regeneration of spent hard chrome
plating solution. The electrolysis cell consists of a rectangular tank divided into two compartments with an ion
exchange membrane (Nafion-117), and uses a lead anode and a gas diffusion electrode as the cathode. The
laboratory scale cell was used as a simulated plating bath containing Cu2þ, Fe2þ, Ni2þ, and Cr3þ as contaminants,
for different experimental conditions at room temperature. The separation performance of the process was assessed
by operating the cell under three constant current conditions. The cell was also tested under different initial
concentrations and catholyte-to-anolyte volume ratios. The results indicate the possibility of decreased energy
consumption and better removal rates over traditional methods.

1. Introduction

In the hard chrome plating industry, acid chromate
(Cr2O7

2)) plating baths become contaminated by Cu2þ,
Fe2þ, and Ni2þ ions through corrosion of metal acces-
sories, and by Cr3þ ions as a result of Cr2O7

2) reduction.
These contaminants degrade the quality of hard chrome
deposit [1]. For example, high concentrations of Cr3þ in
the plating bath cause surface roughness of the deposit
and reduce current efficiency. It is therefore desirable to
continuously remove them from the plating bath to avoid
the expense and legal liability of the disposal process.

Previous work using a laboratory-scale porous ce-
ramic membrane (PCM) cell [2], has confirmed that
impurities such as Ni, Fe and Cu ions present in hard
chromium plating solution can be removed and con-
centrated as a metal hydroxide sludge by operating a
parallel, ‘in-tank’, small-scale electrolysis process. This
process uses a PCM that is suspended in the plating bath.
A lead cathode is placed inside the diaphragm cell, which
is surrounded by a perforated oxide-coated lead anode.
During the operation of the PCM, metals are drawn into
the cell and trivalent chromium in the bath is oxidized to
hexavalent chromium at the outer lead anode. This type
of PCM has been used in the plating industry since the
1840s and can be classified as electrolytic [3].

In laboratory experiments with the PCM process [2, 4,
5], it was found that frequent cleaning was required as
the cathode became coated with metals, the pores of the
ceramic diaphragm were clogged with insoluble metal

hydroxides, and sludge accumulated in the pot when
sulfuric acid is used as the catholyte. However, when
chromic acid is used as the catholyte, no sludge
formation is observed [6, 7]. In addition, the power
requirements were fairly high, particularly when the
cathode was coated with metals and the pores became
clogged. Therefore, it is attractive to explore alternatives
or improvements to the PCM process.

Other, more sophisticated processes have been devel-
oped. GM’s process with a Nafion separator and lead
electrodes showed good efficiency in trivalent chrome
reoxidation [8]. In 1980 the Bureau of Mines [9]
demonstrated a flow-through system for the regenera-
tion of chromic acid composed of a copper cathode, a
lead anode, and a Nafion separator. However, these
processes lack operational spontaneity and cost effec-
tiveness. In this work a compatible process is developed
to improve the efficiency and energy consumption
characteristics of hard chrome plating solution regener-
ation processes using a Nafion membrane and an
oxygen-reducing cathode (fuel cell oxygen cathode).

2. Experimental

2.1. Experimental cell

The laboratory-scale cell was designed and fabricated
using a rectangular piece of Nafion-117 (Figure 1), with
a projected active area of 40 cm2, and a volume of
1.2 dm)3. The fuel cell cathode assembly (Figure 2)
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consists of a so-called membrane–electrode-assembly
(MEA), a gas diffusion backing layer, and a flow
distributor. The MEA includes a Nafion membrane that
contacts the electrolyte of projected area 5 cm2. On the
gas side it contacts a porous non-catalytic conductor
(carbon cloth) that acts as a gas diffuser. A noble metal
catalytic layer embedded in the Nafion surface contacts
the Nafion as well as the carbon conductor. A new
MEA, manufactured at IIT, was used in each experi-
ment. It was fabricated based on methods developed by
Wilson et al. [10, 11]. The catalytic surface is supplied
with the oxidant gas (usually air) via the carbon cloth
and the flow distributor. The latter is a graphite block
with a suitable flow field machined into it, which
optimizes access of gas to the backside of the MEA.
The unmodified Nafion surface faces the interior of the
cell.

The anode of the cell is a lead plate of 100-cm2

projected area, placed in the anolyte compartment.
Passage of current drives metal cations through the
Nafion membrane towards the catholyte, in preference
to chromate ions. Before use, the lead anode was
passivated by passing a positive current (mA) in a
sulfuric acid solution for 2–4 h at a constant electrode
potential of 0.4 V.

Replacing hydrogen evolution by oxygen reduction
reduces the theoretical (thermodynamic) standard cell
voltage by 1.23 V at 25 �C. However, the actual savings
in cell voltage will be less, depending on kinetics and
mass transfer losses, as well as the reduced activity of O2

in air. Also, when these voltage savings are translated
into cost savings, the price of pressurized air (at slight
overpressure) and the cost of the fuel cell cathode
assembly in relation to a lead electrode must be taken
into account.

In preliminary experiments, overheating of the fuel
cell cathode assembly led to its disintegration and
damaged the Nafion-117 membrane. Therefore, differ-
ent materials and configurations for the fuel cell oxygen
cathode were tested. Overheating was overcome by
replacing the backing material with platinum gauze to
improve electronic conductivity, maximize oxygen dif-
fusion into the electrode, and facilitate water removal
from it.

2.2. Procedure

All experiments were carried out in simulated spent
chrome plating solution similar to the one found in
plating practice. It had a chromic acid concentration of
250 g dm)3 and contained Cr3þ, Cu2þ, Fe2þ and Ni2þ as
impurities [12, 13]. The impurities were added to the
chromic acid in the form of sulfates (FeSO4 Æ 7H2O,
CuSO4, NiSO4 Æ 6H2O and Cr2(SO4)3 Æ 12H2O) to
achieve impurity concentrations in the desired range
(typically 0.1 M). Barium carbonate (BaCO3) was used to
eliminate excess sulfate anion by the formation of a
water-insoluble precipitate (BaSO4). Filters were used to
separate the BaSO4 precipitate from the plating solution.

The following operating parameters were systemati-
cally varied: applied current (0.2, 0.4, 0.6 A), initial
contaminant concentrations (high, low) and the catho-
lyte-to-anolyte-volume ratio (1/3, 1/6). Also the cathode
gas environment was varied (air, argon), to assess energy
savings. Samples were taken to determine the compo-
sition of the anolyte and catholyte. Cu, Ni, and Fe
concentrations were determined using flame-atomic
adsorption spectrometry (AAS). Trivalent and hexava-
lent chromium concentrations were determined using
titration [2].

3. Chromic acid regeneration and metal impurity removal

3.1. Results

Experiments were conducted to determine the effect of
current, initial concentration and volume ratio on
transport rates of impurities from the anolyte (repre-
senting the main plating bath) into the catholyte
compartment or concentration cell. The initial concen-
trations in both compartments were the same, to initially
eliminate diffusion as a driving force to transport ions
through the membrane.

Fig. 1. Schematic of experimental cell. Anode projected area 100 cm2,

cathode projected area 5 cm2, with 5 mg cm)2 Pt-black loading,

separator 7.5 · 12.5 cm (40 cm2 used), and the utilized volume of cell

1.2 dm)3. Hg/HgSO4 reference electrode.

Fig. 2. Details of the fuel cell cathode assembly, including MEA, gas

diffusion backing layer, and flow distribution plate.
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In preliminary experiments a pure platinum anode was
used to ensure inertness. In subsequent experiments a Pb
anode was used. One of the differences in these exper-
iments is that when an acidic solution of chromic acid
salt is electrolyzed with a pure platinum electrode, the
principal anode product is oxygen, whereas if a lead
electrode is used, almost quantitative production of
dichromate results [14] in addition to oxygen evolution.
This reaction mechanism involves the oxidation of lead
to PbO2 (which is a catalyst for Cr3þ oxidation). This
catalysis is advantageous in reducing Cr3þ concentra-
tions, although this process increases resistivity because
lead oxide is poorly conductive. The capital cost of a lead
anode is much smaller than platinum and many other
potential anodes therefore it is the sole anode material
used in the hard chrome electroplating industry.

The time variation of Cr(VI) and Cr(III) concentra-
tions in the anolyte at various operating currents (0.2,
0.4, 0.6 A), initial contaminant concentrations (low:
90, 106, 107, 112 mmol dm)3; high: 110, 128, 145,
165 mmol dm)3 for Cr3þ, Cu, Fe, and Ni respectively),
and in an oxygen-free environment (argon purged
solution), are shown in Figure 3a. The corresponding
catholyte concentrations are shown in Figure 3b. These
results confirm that Cr3þ is rapidly oxidized under these
conditions as has been reported in the literature for a
similar process [8] (the type of membrane and cathode

used in that process were not reported). In that process
[8] trivalent chrome reoxidation is very efficient, so that
the rate of Cr3þ reoxidation is largely equal to the rate
of Cr3þ production. In the present work this transport
rate from the catholyte (as a result of chromate
reduction at the cathode) to the anolyte tends to become
very low.

Metallic impurity (Fe, Ni, and Cu) concentrations
during operation at 0.2 A and 1/3 catholyte-to-anolyte-
volume ratio are shown in Figure 4. A summary of the
removal rates based on linear regression of all experi-
mental data is shown in Table 1 together with the
corresponding correlation coefficients with respect to
time. The removal rates were normalized with respect to
the initial concentration of each impurity. The amount
of metal impurity plated onto the cathode during each
experiment was calculated from the mass balance
(Table 2) (X-ray diffraction analysis of the cathode
revealed that metals are being plated onto the cathode
(M.I. Ahmed et al., submitted for publication)).

3.2. Discussion

3.2.1. Trivalent chrome reoxidation and hexavalent
chrome leakage
In this low pH range the dominant mechanisms for
trivalent chrome reoxidation is [15],

Fig. 3. Trivalent (Cr3þ) and hexavalent (as CrO3) chromium concen-

trations in the anolyte (a) and catholyte (b). Low-0.2 A (r), high-0.2 A

(n), argon-0.2 A (h), low-0.4 A (d), low-0.6 A (e).

Fig. 4. Impurity concentrations in the anolyte (a) and catholyte (b)

operating at 0.2 A Cu (r), Fe (d), Ni (m).
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Cr3þ þ 4H2O  ! H2CrO4 þ 6Hþ þ 3 e�

E0 ¼ 1:335–0:1182 pHþ 0:0197 log
fH2CrO4g
fCr3þg

ð1Þ

This reoxidation reaction consumes water and produces
protons, thereby keeping the solution at very low pH.
This loss of water, in addition to losses by evaporation
and electrolysis, was compensated for in these experi-
ments by adding H2O to maintain a constant volume.
These intermittent additions are at least partly respon-
sible for the oscillations in concentrations shown in
Figure 3.

3.2.2. Metallic impurity removal
Three-dimensional porous electrodes are capable of
operating at high current densities (based on projected
area), thus, increasing removal efficiencies while main-
taining stable currents.

Based on an average Pt particle size of 2.2 nm, the
electroactive Pt surface area (EPSA) is 128 m2 g)1 [16,

17]. For an 80% Pt/C electrode, Electrochem Inc
(A. Arkins, private communication) reports a total
electroactive area of 140 m2 g)1 Pt-black. When passing
0.2 A total current, the projected current density at the
cathode is 0.04 A cm)2, so the current density relative to
carbon area is 2.9 · 10)5 A cm)2, that relative to active
Pt area is 7.1 · 10)6 A cm)2, and that relative to total
active area is 5.7 · 10)6 A cm)2.

The contaminant removal rates at such low current
densities are probably not mass-transfer limited, nor do
they show dependence on plating potentials of the
individual metallic species. The removal rates depend on
the strength of the electrical field due to the major ohmic
resistance provided by Nafion-117 membrane, thereby
making the process a quasi-steady state process. This
yields the approximately linear profiles for removal from
the anolyte shown in Figure 4a. As seen from Table 1,
the correlation coefficient is quite strong, and indicates,
for example, in the case of copper at 0.2 A, that 92.3%
of the anolyte concentration time-variation is explained
by a linear relationship [18].

The good correlation coefficients indicate constant
selectivity of the process, with respect to metal impuri-
ties. The higher values of correlation coefficients ob-
tained at higher applied currents (Table 1), confirm this
constant selectivity. The larger proportion of metal
deposition at high current (Table 2) does not contradict
this conclusion.

The normalized removal rates ðr=C0Þ of the three
cations in each experiment are similar (for example,
0.047, 0.053, 0.050 d)1 for Cu, Fe, Ni respectively at
0.2 A) indicating that the removal rate depends primar-
ily on the initial ion concentration. These rates generally
increase slightly at higher currents. This dependence is
also evident from the initial slopes (first day) of
experiments carried out at higher currents and higher
initial concentrations compared to the experiment car-
ried at 0.2 A. The initial slopes are steeper in the former
case, due to higher applied current as well as higher
initial concentration, as will be explained in the follow-
ing discussion. For example a remarkable increase in the
removal rates was obtained at 0.4 and 0.6 A (Table 1),
however this increase is not proportional to the increase

Table 2. Amount of specific impurity plated onto the cathode during operation at various current densities, and the percentage of the amount

removed which is plated out

Current (A) Metal plated out (mmol) and fraction plated (%)

Duration (h) Cu Fe Ni

0.2 [1/3 Vc/Va] 72 4.26 ± 0.42 1.75 ± 0.13 1.43 ± 0.16

43 17 14

0.4 [1/3 Vc/Va] 120 26.96 ± 0.26 18.85 ± 2.71 23.54 ± 2.46

95 72 91

0.6 [1/3 Vc/Va] 120 24.45 ± 1.35 23.74 ± 0.05 28.43 ± 3.05

78 80 82

0.4 [high concentration] 120 29.50 ± 0.33 27.95 ± 1.18 37.78 ± 0.28

91 84 93

0.2 [1/6 Vc/Va] 120 2.42 ± 1.28 8.61 ± 2.01 4.46 ± 4.34

40 62 44

Table 1. Impurity removal rates from the anolyte based on a linear fit

Current (A) Removal rates (mmol dm)3 d)1), normalized

metal removal rate (d)1) and correlation

coefficients (r2)

Duration (h) Cu Fe Ni

0.2 [1/3 Vc/Va] 72 3.310 3.691 3.691

0.047 0.053 0.050

(0.92) (0.95) (0.98)

0.4 [1/3 Vc/Va] 120 6.346 5.866 5.906

0.060 0.055 0.053

(0.99) (0.99) (0.99)

0.6 [1/3 Vc/Va] 120 6.902 6.430 7.524

0.071 0.065 0.069

(0.99) (0.99) (0.98)

0.4 [high concentration] 120 6.799 7.210 8.407

0.053 0.049 0.051

(0.98) (0.90) (0.92)

0.2 [1/6 Vc/Va] 120 1.906 4.394 2.962

0.023 0.044 0.032

(0.88) (0.79) (0.72)
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in the total applied current. At higher total currents,
plating increased, probably due to increased concentra-
tions of impurities in the catholyte (Table 2). In general,
removal rates at 0.2 and 0.4 A were in the order
Fe > Ni > Cu, and at 0.6 A Ni < Fe < Cu. Only in
the latter case does the order conform to the standard
plating potentials of the species considered.

Evidence from initial experiments in which low initial
concentrations of copper compared to nickel and iron
were used indicated that the initial concentration of the
impurities plays a role in their removal rates. Hence,
experiments were conducted at higher initial concentra-
tions. In these experiments initial removal rates were
faster (11.8, 18.0, 20.7 mmol dm)3 d)1 in the high
concentration case compared to 6.3, 5.9, 5.9
mmol dm)3 d)1 in the low concentration case for Cu,
Fe, Ni respectively, based on first day calculations),
however, the overall reduction in impurity concentra-
tion after 120 h is approximately the same as in the low
concentration case (Table 1).

Because a concurrent objective of these experiments
was to quantify energy savings, removal rates when
operating with argon as the cathode gas in an argon
purged solution (no oxygen) were compared with the
standard cathode gas, i.e., air. It was evident that
removal rates are not significantly affected by shifting
from oxygen reduction to hydrogen evolution poten-
tial, possibly due to the high electrode surface area.
The metal deposition that occurs during operation
might partially deactivate the electrode, however it
does not completely inhibit gas evolution or water
formation. Thus, observations from these experiments
lead to an important conclusion, which is the fuel cell
oxygen electrode is very durable with respect to
deactivation.

The inter-electrode gap, electrode–separator distance,
and catholyte-to-anolyte ratio (including membrane
area to bath volume ratio) play an important role in
process efficiency and power consumption. Migration of
positively charged impurities from the anolyte to cath-
olyte during electrolysis causes the concentration profile
to a maximum at the negative electrode (cathode) and a
minimum at the positive electrode (anode). Without
plating, a back-diffusion potential develops counteract-
ing the migration or electric potential. This back-
diffusion potential is obviously dependent on the volume
of the catholyte, or the catholyte-to-anolyte-volume
ratio. In our experiments, three volume ratios were
tested ðVc=VaÞ ¼ 1

3 ;
1
6 ;

1
12, operating at 0.2 A. In the latter

case, no significant removal was observed confirming
that back diffusion was occurring. Operating at 0.2 A
and 1

6 volume ratio at a total volume of 1.2 dm3 also
reduced the removal rates significantly. Since a process
objective is reduce the source of chromium disposal,
operating at the smallest achievable volume ratio is
important, and apparently this is a compromise between
disposal volume, environmental regulations, cost of
energy, and electrode exhaustion.

4. Energy consumption and efficiency

Figure 5 shows the cell voltage required to sustain the
operation at 0.2, 0.4, 0.6 A. The cell voltage is obviously
dependent on the applied current and initial concentra-
tion. The cell voltage during electrolysis at 0.4 A with a
higher initial concentration is less than in the low
concentration case. However, in all cases, the cell
voltage increases with time indicating increased cell
resistance. The most important feature in Figure 5a is
the potential energy saving of at least 1 V obtained by
supplying oxygen to the cathode leading to water
production.

4.1. Efficiency

To achieve separation, the cathode must be driven
towards negative potentials so that it will attract cations
and the anode towards more positive potentials so that
it will attract anions. This movement of cations to the
cathode and anions to the anode (separation) is affected
by the ionic current in the electrolyte, which is, in turn,
completed by an externally applied and controlled
electronic current in the outer electric circuit. Operating
at a controlled current, or even at controlled voltage,
leaves the cathode potential uncontrolled. This, in turn,

Fig. 5. Cell voltage during operation at various constant total cur-

rents. Comparison between air/oxygen supplied cathode and argon

purged conditions (a) during removal experiments at various currents

(b). (a) 0.2 A argon (e), 0.2 A, air/O2 (r). (b) 0.2 A (r), 0.4 A (m),

0.4 A high concentration (s), 0.6 A (d).

1385



may cause the cathode potential to shift towards the
reduction potential of species other than oxygen. There-
fore, the oxygen reduction efficiency, which is high on
platinum electrodes, but controlled by oxygen availabil-
ity, water drainage properties of the electrode, temper-
ature, and pH, may be less than optimal. For maximum
efficiency of the process the cathode potential must be in
the range where protons are adsorbed, however, metal
cations may be adsorbed as well, leading to their
deposition by electron transfer. This is an issue of
compromise between long term stability of the electrode
and process efficiency.

The low removal efficiency of the process was not due
to the poor performance of the cell, rather; it was due to
the transport resistance through Nafion-117 membrane
at the cathode surface and the separator (M.I. Ahmed
et al., submitted for publication). This is in addition to
the high transference number of protons through
Nafion-117.

The current used to transport the impurity across the
Nafion-117 membrane was calculated from the follow-
ing equation [19]

i ¼ F
X

i

ziNi ð2Þ

Here Ni mol cm)2 s)1, is the flux of species i, and zi is
the number of charges of the ion.

The efficiency was calculated by dividing the total
current due to transport of Cu, Fe, and Ni by the total
passed current. The current calculated from Equation 2,
the efficiency, and energy consumption per total moles
per cubic decimeter of Cu, Fe, Ni removed are shown in
Table 3.

The efficiency decreases with increasing applied cur-
rent, however, increasing the initial concentration by
50% increased the efficiency by 25% in the 0.4 A case.
Yet the least energy consumption was obtained at 0.2 A.
Thus, operating at higher currents such as 0.4 A in the
high concentration case is similar to operation at low
current density (0.2 A) with low concentration of
impurity.

5. Conclusions

The feasibility of chromic acid regeneration using the
designed cell was demonstrated. It was found that the

process metallic impurity removal is slow compared to
trivalent chrome reoxidation at the anode, which disap-
peared completely in about 2 days. Also the removal
rates increase as the applied current is increased, and the
higher the initial concentration the higher the removal
rates, indicating the impurity removal rates are con-
trolled by constant resistance (Nafion-117).

Supplying oxygen to the cathode has no significant
effect on removal rates, however, reduction in the cell
voltage results. Also operation at very low current
density is dependent on the selectivity of the Nafion-117
membrane, and at higher currents the deposition of
metals dominates the overall removal. In addition,
operation at low current densities yields high efficiency
and minimum energy consumption. However, there is
no practical difference between cleaning the solution
with low impurity concentration at 0.2 A, or waiting for
higher impurity concentration and cleaning at 0.4 A.
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